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Abstract

A comparative study of yield to intermediate products obtained from the distributed-feed membrane reactor (MR) and the
conventional cooled-tube plug-flow reactor (PFR) is presented. The nonisothermal, nonadiabatic one-dimensional pseudo-
homogeneous reactor model was used. The analysis is presented in terms of the usual dimensionless groups (Damkdohler
number (Da), heat of reaction parameter, Stanton number (S?), etc.) and delineates regions of parameter space where the
membrane reactor gives improved yield with no higher maximum temperature. Optimal conditions for the PFR usually lie
on or close to the boundaries between either pseudo-adiabatic operation (PAO) or hot-spot operation (HSO), and runaway
operation.

Results show that when compared under optimal operating conditions and at the same catalyst volume, reactant feed rate,
temperature and pressure, the membrane reactor performance is better than that of the PFR only over restricted regions of
parameter space. In general, distributed feed is preferred at higher Da, and under conditions of high heat release or lower
cooling rates. The distributed-feed reactor performance can be enhanced by a mixed-feed strategy, or by slightly increased

inlet temperature. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction

There are many possible uses of membrane reac-
tors (MR) to combine reaction and separation within
a single processing unit. Such uses include product
removal, distributed feed of a reactant and separated
feed of two reactants, to name only some of the
most studied. Much recent work has focused on the
realistic assessment of future opportunities for mem-
brane reactors [1], on the types of membrane reactor
materials that are needed [2], and on problems and
technical hurdles that must be overcome for industrial
application of membrane reactors to become a reality
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[3]. Some niche areas where membrane reactors can
make a unique contribution have been identified [4].
One of these is in the control of tubular reactor tem-
perature profiles by distributed feed of a reactant
through the reactor tube wall.

Membrane reactors can be used for reactions in
which the yield of an intermediate product is of inte-
rest. A typical reaction scheme is of the consecutive-
parallel type:

A+B—R
A+R—-P+Q

where the reactions are parallel with respect to re-
actant A, and consecutive with respect to R. Many
catalytic reactions of commercial importance have
this structure, such as hydrocarbon partial oxidations,
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Nomenclature
B heat-of-reaction parameter
(—AH, /&sTo)yg, v
Cfs average molar specific heat of
shell side (kJ kgmol~! K~1)
CfT average molar specific heat of
tube side (kJ kgmol~! K~1)
Cp,i heat capacity of species
i (kJkgmol~! K~1)
Da Damkohler number
(0 (R3 — R3)Lpgrier)/ Fo
E; activation energy for reaction
j (kI kgmol™1)
F; shell-side molar flow rate of
species i (kgmols™1!)
F, shell-side inlet molar flow rate of
species i (kgmols™1!)
FY dimensionless shell-side flow rate
of species i, Fi/Fy
Fy shell-side total molar flow
rate (kg mols~!)
AH| heat of reaction of reaction
j (kI kgmol™1)
kio pre-exponential reaction rate
constant for reaction i
K ratio of reaction rates
(kao/ kig) e? 1 ~#) (PSymtmR=m=ns
L reactor length (m)
np kinetic order of species B in reaction 1
nR kinetic order of species R in reaction R
ni kinetic order of species A in reaction 1
n kinetic order of species A in reaction 2
Naret reference molar transmembrane flux,
defined in Eq. (12) (kgmolm~2s~1)
N; molar transmembrane flux of
species i (kgmolm™2 s~ 1)
NF dimensionless molar transmembrane
flux of species i, N;/Na ref
Da partial pressure on shell side
of species « (kPa)
PS shell-side pressure (kPa)
PT tube-side pressure (kPa)
Pe Peclet number, Fo/ (2w R{LNA ref)
Qi tube-side molar flow rate of
species i (kgmols™!)
Qi tube-side inlet flow rate of

species i (kgmols™1!)

or dimensionless tube-side flow rate
of species i, Q;/Qo
Qo tube-side total molar flow
rate (kg mol s
T reaction rate of
reaction j (kgmolkg™! s™1)
r;‘ dimensionless reaction rate, r}k / Fref
Tref reference reaction rate, defined
in Eq. (11) (kgmolkg~'s™1)
Ry gas constant (kg m? s~2kgmol~! K~1)
R inner membrane radius (m)
Ry outer membrane radius (m)
R3 inner shell radius (m)
S ratio of total tube/shell-side
flow rates, Qo/Fo
St Stanton number (27 R3LU3)/(Fycts)
T reactor temperature (K)
Tin inlet reactor temperature (K)
To ambient (coolant) temperature (K)
Ua permeability of species A through
the membrane (kgmolm~! s~! kPa~!)
U; overall heat transfer coefficient,
based on area at R; (kWm 2 K1)
X dimensionless reactor length, z/L
Yio inlet mole fraction of species i
Vo mole fraction of species o
z reactor length coordinate (m)
Greek symbols
ajj stoichiometric coefficient of

species i in reaction j
) ratio of heat transfer rates, U; R1/ U3 R3
y dimensionless activation energy, E/RTo
A heat-of-reaction ratio, AH>/AH|
7 activation energy ratio, E»/E]
0 dimensionless reactor temperature

(T —To)y/To
OB bulk density of catalytic bed in

shell side (kgm™)

Subscripts
0 ambient conditions
o species «, denoting A, B, or R

Superscripts
S shell side (reaction side)
T tube side (distributed reactant side)
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where A represents oxygen, B represents a hydrocar-
bon, R the desired partial oxidation product, and P and
Q the undesired total oxidation products (CO; and
H,0).

Reyes et al. have demonstrated, under isothermal
conditions, that there can be a selectivity advantage to
using an inert membrane reactor (IMR) to distribute a
reactant, compared to the conventional co-feed mode
of operation [5,6]. For favorable kinetics (the partial
pressure of the distributed reactant appears to a lower
order in the desired reaction rate expression than in
the reaction rate expressions for the undesired reac-
tions), the selectivity to intermediate products is better
in the membrane reactor. One potential disadvantage
is the fact that the lower average partial pressures of
the distributed reactant (oxygen) lead to lower reac-
tion rates in the membrane reactor. Thus, the gain in
yield obtained in a membrane reactor due to increased
selectivity may be offset (or more) by a decrease in
conversion. In some instances, a prohibitively larger
reactor volume may be required before the membrane
reactor out-performs the tubular reactor, such as for
the oxidative coupling of methane [5-7]. Harold and
coworkers have demonstrated similar results for a
catalytic membrane reactor (CMR) in which reac-
tants A and B are segregated to opposite sides of a
reactive membrane for the case of partial oxidation
of ethylene to acetaldehyde [8,9]. For the oxidative
dehydrogenation of ethane to ethylene, the experi-
mental studies of Tonkovich et al. [10] showed the
membrane reactor to out-perform a packed-bed inert
membrane reactor (PBMR) under low feed-ratio con-
ditions. For some reaction systems, such as ethylene
epoxidation, uncertainty in the reaction kinetics make
it unclear which reactant should be distributed. This
was resolved experimentally in favor of distributing
the ethylene [11]. Recent work on butane oxidation to
maleic anhydride has suggested the use of a split-feed
strategy to avoid oxygen starvation for the catalyst
located near the reactor entrance [12].

The majority of studies have assumed isothermal
conditions, as these are most often used in laboratory
experimentation. Early studies considered nonisother-
mal conditions in specific dehydrogenation reactions
[13,14], while Mohan and Govind provided a general
analysis of a single reversible reaction in a PBMR
[15]. Model equations for the nonisothermal case for
both a PBMR and a CMR were given by Tsotsis

et al. [16]. More recently, Koukou et al. [17] have
simulated a PBMR using a two-dimensional model
that included radial and axial dispersion, and have
illustrated some important features of nonisothermal
membrane reactor modeling.

A nonisothermal analysis of some product removal
and reactant distribution applications using dense
oxygen-conducting perovskite membranes in a PBMR
was made by Dixon et al. [18], who showed that for
o-xylene oxidation, a membrane reactor could not
achieve the same yields to phthalic anhydride as a
packed-bed reactor of the same volume, due to lower
reaction rates, although the hot-spots were reduced in
magnitude. Tsai et al. [19] analyzed the nonisother-
mal CMR for the partial oxidation of methane to syn-
gas, and also showed lower hot-spot temperatures in
the membrane reactor. Studies of a CMR to increase
yield to intermediate products have been extended
to nonisothermal conditions by Golman et al. [20]
and Harold and Lee [21]. Saracco and Specchia [22]
have analyzed steady-state multiplicity in a cooled,
segregated-feed CMR for the catalytic combustion of
propane. Good agreement between experiments and a
nonisothermal model was achieved.

Experimental studies have been performed that
have demonstrated the concept of safer operation and
reduced hot-spot temperatures for VOC combustion
[23] and for the oxidative dehydrogenation of butane
[24] and ethane [10,25]. These studies have empha-
sized the avoidance of flammability limitations and
the ability of the membrane reactor to operate under
conditions that would lead to temperature runaway
for a plug-flow reactor.

The PBMR has often been compared to the classi-
cal plug-flow or fixed-bed reactor (PFR) as a measure
of its performance. The proper way to do this, short
of a complete economic analysis, is not obvious.
Lund and coworkers have considered the question at
length, for membrane reactors used for the removal of
intermediate products from partial oxidations [26,27],
and for yield increases in reversible dehydrogenation
reactions [28,29]. Their analysis in terms of standard
dimensionless groups, delineated regions of parame-
ter space where the membrane reactor could compete
with the plug-flow reactor on the basis of yield alone.
The limiting case of fast dehydrogenation reactions
has been studied in general terms [30], as has been the
case of isomerization reactions [31]. Boudart [32] has
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suggested the use of an order-of-magnitude analysis
to screen proposed membrane reactors for practicality
under industrial conditions before proceeding with
extended studies. A general analysis of isothermal
reactant distribution reactors has been provided by Lu
et al. [33].

The present modeling study focuses on the use of
reactant distribution in MR to control temperature
rise and to improve yield to intermediate products.
To date, there have been no studies that attempt to
determine general conditions under which the non-
isothermal distributed-feed membrane reactor may be
expected to out-perform a plug-flow reactor, from the
viewpoint of both yield and thermal behavior. In this
initial work, we considered a simple model represen-
tation of both reactors and optimized the operating
conditions for the PFR with respect to feed of reactant
A. The MR was then constrained to use the same cat-
alyst volume as the PFR, with the same feed of hydro-
carbon (B), and the range of membrane permeability
to A was determined that allowed an increase in yield
with no worse temperature rise in the MR. Regions
where the MR out-performed the optimized PFR ap-
peared in parameter space at higher space-times and
for larger heat release or lower cooling rates.

2. Mathematical model

The MR considered here could be either a tube-
and-shell IMR or PBMR, as depicted schematically
in Fig. 1. The membrane tube was enclosed in a non-

catalysis. Either or both reactants could be diluted with
an inert carrier. Heat transfer also took place between
the tube and shell sides. For the PFR, no transfer of
species across the membrane tube was permitted and
both reactants were co-fed to the shell side.

The model equations were derived on the basis of
the following assumptions.

1. The reactor configuration was a one-dimensional
tubular reactor with no axial dispersion. Radial
concentration and temperature gradients were ne-
glected on both the tube and shell sides. There was
no gas film resistance to heat or mass transfer at
the membrane walls.

2. The reactor was under constant pressure conditions,
i.e. pressure drop was neglected on both the shell
and tube sides.

3. The reactions were of the consecutive-parallel type
discussed above, irreversible and subject to kinetic
control. Reaction took place on the shell side only.

4. The membrane was permeable only to species A
at a rate proportional to the difference in partial
pressures of A across the membrane.

5. The reaction kinetics and reaction orders in the
reactant concentrations were constant over the en-
tire range of conditions simulated. Under reduced
reactant concentrations, reaction orders can change
or catalysts deactivate, but these effects were not
included here.

The material balance on the shell (reaction) side for
species i led to

permeable outer shell, through which energy could be dF NR
transferred to an external cooling or heating medium. —L = R% — R%) OB Z“ijrj + 27 R|N; 60
Reactant B was fed to the shell or reaction side and dz =1
reactant A to the tube side. The shell side could be
packed with catalyst for the case of heterogeneous Fi(z =0) = F 2
ﬁ Heat transfer
ReactantB O 'OOOOOOOOO ‘....__‘ Rs
080 Packed bed ...'I..‘.
W2z2zzzz2z2222. ///////////////////////////////////// 7z —— o R.
Reactant A R
Tube side A
7777777727777 7777777777, 72 Membrane

— = OO0
ReactantB QO OOO

O

NN,
(O

Fig. 1. Schematic of tube-and-shell membrane reactor.
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and the material balance on the tube (distributed feed)
side gave

% = 27 R|N; 3)
dz
0i(z=0) = Qj, €]

The reaction rates followed power-law kinetics as
follows:

ri = kige B/ ReT®) pri i ©)
ry = kage P2/ (ReT®) PR PR" (6)

The energy balance for the shell side yielded

: L~ pi dZ
i=1

=27 RU(TT = TS) 4+ 22 R3U3(Ty — TS)
NR
+7(Ry — R)pp Y _(—AH,))r, )
Jj=1
T5(z=0) =T ®)

and the energy balance on the tube side gave

NS T
. dT S T
> Qidp —— =2xRUI(TS = TT) ©)
i=1
T'(z=0)=Ty (10)

For the PFR, the terms involving the permeation fluxes
N; were omitted from the material balances.

The model variables were made dimensionless with
respect to total flow rate to the shell (reaction) side Fy,
reactor length L, reference temperature Ty, a reference
reaction rate defined with total shell-side pressure in
reaction ry:

Fref = ki e E1/(ReTo) (pSymitny (11)

and a reference permeation rate based on air on one
side and zero partial pressure of A on the other side
of the membrane:

Ua

T
Ry In(Ry/Ry) 40 (12)

NA,ref =

The model was further simplified by the use of a con-
stant molal heat capacity for both tube and shell sides,

with average specific heats ¢fg and ¢gr. Changing to
dimensionless variables and introducing appropriate
dimensionless parameters then yielded

dFy
T D 104550
w68 /(1465/y) ma mry Vi
+a,Ke YA YR+ DaPe (13)
do* D
Qi __Da . (14)
dx DaPe
des
—=Da|:—( 63 )+ o 5(9T 6%)
dx
B 05 /(1465 /y) 1 n
+T(e 4 yAlyBB
YB,
LAK eH0®/ 1465y yXZyﬁR)] (15)
97 _ pa((Stses —gmyis L (16)
R Y
dx Da cr S
The initial conditions were
Ffa=0 =y, (17)
Qi(x=0)=y's (18)
5(x =0)=6> (19)
0T(x =0) =61 (20)

Again, the equations for the PFR could be recovered
in the limit Pe — oo.

These equations formed a set of nonlinear
initial-value ODEs, which were solved using a stan-
dard algorithm with Gear’s implicit backward differ-
ence formulas and a divided difference approximation
to the Jacobian. Under some conditions, the equations
were quite stiff. All optimizations were performed by
brute-force one-dimensional search.

The conversion of reactant B and selectivity to prod-
uct R were calculated from

L N @
Fg, Fg, — I
and the yield to R was given by ¥ = xSr. The
amounts of species A consumed in both the PFR and
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the membrane reactor were calculated, and the ratio
given by

Avr DR, T SO, = YAUD)IMr

(22)

ApFr (¥, )PFR

All calculations presented in Section 3 were made
using a base set of parameter values, unless other-
wise indicated. Those values were Da = 1, B = 14,
St/Da =5,y =20, u =1.75, 2 = 2.0, K = 0.5,
8 =025, § = 1000, ya, = yBy» 1 = 0.5, np =
ng = nr = 1.0, and all stoichiometric coefficients
were unity. These values somewhat loosely reflected
the typical range for partial oxidation reactions, given
by Varma et al. [34] and Harold and Lee [21]. The
ratio of tube-to-shell total flow rates, S, was chosen
to be large enough to avoid problems of reactant
depletion. It was preferred to work in terms of the
groups St/Da and DaPe, rather than St and Pe directly,
as this choice eliminated the reactor length and flow
rate from St/Da and DaPe, so that Da was the only
parameter reflecting reactor residence time.

A.G. Dixon/Catalysis Today 67 (2001) 189-203

3. Results and discussion

From the dimensionless Eqs. (13)—(16) and their
initial conditions (17-20), there were clearly too many
parameters for a complete evaluation of the model pa-
rameter space. The point of view taken was, therefore,
that of reactor design for a specified reaction at given
total pressures PS (and PT for the MR) and coolant
temperature Tg. This then enabled y, K, u, and A to
be removed as candidates for optimization. The reac-
tion orders and stoichiometry were fixed, and § and S
were regarded as being of lesser importance. The study
focused on the behavior of the reactors with respect
to Da, B (essentially yg, since Afh /ces Ty was fixed),
St/Da and the feed ratio ¢;.

The behavior of the PFR for series and parallel
reaction schemes has been extensively investigated,
most recently by Varma et al. [34]. They classified
reactor operation into three regimes: pseudo-adiabatic
operation (PAO) in which the reactor temperature in-
creased monotonically from the inlet to the outlet of
the reactor; hot-spot operation (HSO) in which there

Da

HSO

0.5 4

0.3 —

0.2 —

L

Runaway

01 I LA L

Fig. 2. Behavior regions for the PFR in the Da—B parameter plane for base-case conditions.
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was a maximum in the temperature; runaway, corre-
sponding to the region of parametric sensitivity and in
which temperature increased dramatically. They pre-
sented diagrams of the St—Da and Da-B parameter
planes with the three regions of operation delineated
for each type of reaction scheme in the PFR. They did
not investigate the consecutive-parallel scheme con-
sidered here, although it might be expected to show
similar characteristics.

3.1. Behavior and optimal yield in the PFR

The model equations were integrated over ranges
of values of B and Da and for the base-case values of
the other parameters given above. For each B, Da was
increased from a very low value, where PAO opera-
tion was assured, until a temperature maximum was
observed. The last Da value before the appearance
of the maximum gave the point on the PAO/HSO or
PAO/runaway boundary. The results for the base case
are presented in the Da—B plane in Fig. 2, and followed

the same qualitative trends as seen by Varma et al.
[34]. At lower B, increasing Da caused a transition
from PAO to HSO operation. At higher B, increasing
Da caused a transition from PAO to runaway oper-
ation. A critical value of the heat release parameter,
B = B, separated these two behaviors. Above B,
the heat release was high enough to cause the reactor
to run away, unless the development of the tempera-
ture was limited by the short reactor length, as was
the case for smaller Da. As B increased, the reactor
length needed to accommodate runaway decreased.
The HSO/runaway boundary at B = B. was obtained
from the peak in the PAO boundary, and verified a
posteriori by solving the model for B values above
and below B;. Note that changing B with constant
AH, /crs Ty was equivalent to changing the inlet mole
fraction yg,, in the initial conditions of the model.
The overall pattern of behavior for the PFR
remained the same for other values of the parameters.
A typical example, showing the effect of varying the
feed ratio ¢, is shown in Fig. 3. As ¢, was increased,

Da

1111

23
|

HSO

¢ =20

Runaway

05 —

0.3 -

0.2

PAO

01 L

Fig. 3. Behavior regions for the PFR in the Da—B parameter plane for various values of ¢;.
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the runaway region increased in size and B, moved
to lower B values, reflecting the higher reaction rates
available with higher reactant feeds. For milder con-
ditions with lower heat release, the peak in the PAO
boundary became more diffuse, and the value of B,
was harder to determine. Parametric sensitivity anal-
ysis [34] would be needed for more precise location
of B.. Similar results were obtained with the other pa-
rameters, with S#/Da and n especially having a strong
influence on the operation regions, while y, K, u, and
A had relatively minor effects.

The parameters that were considered to be adjus-
table to obtain optimal yield of R were Da (reactor
length), St/Da (heat-removal rate) and ¢, (A-to-B feed
ratio). In this study, only single-variable optimizations
were considered, with other parameters held at their
base-case values. The feed of reactant B was consid-
ered to be specified at a given value for each case.

The PFR was first optimized with respect to Da.
Two regions of distinct behavior were observed. For
B > B, the optimal Da values coincided with the

PAO boundary. Under these conditions, the yield was
limited by conversion, which was in turn limited by re-
actor length. Heat effects were strong enough to cause
runaway, so the optimal value of Da was as large as
possible to maximize conversion, but short of the loss
of selectivity associated with runaway. These operat-
ing conditions would, of course, be impractical in a
real reactor, but may serve as a benchmark for com-
parison to the membrane reactor. For B < B, heat
effects would not cause runaway, and yield increased
with reactor length towards an asymptotic value. There
was therefore no optimal value of Da for this region.

The PFR was next optimized with respect to ¢, for
each value of Da over a reasonable range. Several
values of B and of St/Da were examined, as shown in
Figs. 4 and 5 in the ¢—Da plane. The maximum value
of ¢, was constrained by the value of yg,, resulting
in the horizontal segments of ¢ " " at very low Da.
As Da was increased, ¢p PU decreased following the
PAO-runaway boundary, with some deviation for
B = 7. When the critical value of ¢, for runaway was

0.2 —

Runaway
-~—q;o;t-~_‘
7%§___
"""""""'_'_"&%F'_
HSO
o T T 1 T 1
0 0.5 1 1.5 2 2.5 3

Da

Fig. 4. Optimal ¢, operation curves for maximum PFR yield to intermediate product R in the ¢,—Da parameter plane for various values

of heat-of-reaction parameter B.
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o
57 Runaway
3 |
2 R | U
StDa =10 R .
'3
- StDa =5 Tt |
05 —
1] KTt Gor~ T
03 StDa =1
0.2 —
HSO
0.1 T | T | T | T | T T T
0 0.5 1 1.5 2 2.5 3
Da

Fig. 5. Optimal ¢, operation curves for maximum PFR yield to intermediate product R in the ¢y—Da parameter plane for various values

of heat-removal parameter St/Da.

passed, ¢p P! continued to decrease but at a very low
rate, broadly following the HSO-runaway boundary,
or slightly into the HSO region. The interpretation of
these optimal curves is that for a fixed reactor length
(Da), conversion generally increased and selectivity
decreased as ¢, increased. The effect of conversion
was stronger, so yield was increased by operating
with as high a ¢, as possible without runaway. For
longer reactors, however, a point was reached where
the decrease in selectivity outweighed the increase
in conversion before runaway occurred, and so yield
decreased and the optimum ¢, was found for values
below the runaway limit. For two cases, it was not
easy to identify the onset of runaway and the location
of the HSO-runaway boundary was in doubt.

The PFR was finally optimized with respect to
St/Da for a range of values of Da. The results were
similar to those obtained for ¢, and will not be fur-
ther discussed here. The ¢y P' curves obtained above
provide a benchmark of PFR performance with which
to compare the MR.

3.2. Comparison of MR and PFR

The purpose of the comparisons presented here was
to determine if a membrane reactor could perform
better than a suitably optimized plug-flow reactor. If
better performance was possible, it was desired to
learn how much better could be achieved and over
what range of membrane permeability, and for what
ranges of reactor operation. To quantify better perfor-
mance, two criteria were employed: (i) the yield of
the MR to the valuable product R should be higher
than in the PFR; (ii) the maximum temperature in the
MR should not be higher than in the PFR.

The comparisons were made under the following
conditions:

1. equal Da, i.e. equal reactor/catalyst volume and
total reaction side flow rate Fy;

2. equal feed of reactant B, ie. equal yg, or
heat-of-reaction parameter B;

3. equal heat-removal rate S#/Da (and 8, S, Tp).
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All parameters pertaining to reactions such as kinetic
orders, y, K, u, and A were held the same, as were
physical properties such as heat capacities. It was ex-
plicitly not required that each reactor use the same
amount of reactant A. One advantage of a membrane
reactor is to be able to run under more favorable con-
ditions of temperature or reactant feed than is possible
with the plug-flow reactor. For this study, reactant A
was regarded as being inexpensive, and each reactor
was allowed to make the best use of it that it could.
The procedure for determining when the MR
performance was better is illustrated in Fig. 6. This is
a plot of the ratio of MR yield to PFR yield, against
the ratio of MR maximum temperature rise to PFR
maximum temperature rise. The top-left quadrant is
the region in which the membrane reactor satisfies
the two performance criteria. For fixed values of B
and Da, the MR model was solved for a series of
decreasing values of DaPe, or increasing values of
the parameter 1/Pe, which is proportional to the per-
meability of A. This resulted in a trajectory in the
membrane performance plane that started at low yield

and temperature rise ratios, and in general both in-
creased as the amount of A increased. Three types of
trajectory are illustrated: for B = 14 and Da = 1, the
MR temperature rise exceeded that of the PFR while
the yield was still less, so no range of membrane per-
meability gave rise to an advantage; for B = 14 and
Da = 3, the MR to PFR yield ratio exceeded unity for
arange of permeabilities given by the interval [DaPey,
DaPey ] as shown, before falling below unity again; for
B = 20 and Da = 6, the MR to PFR yield ratio again
exceeded unity for a range of permeabilities given by
a different interval [DaPey, DaPey ], after which the
MR to PFR temperature rise ratio exceeded unity.

The limiting values DaPey and DaPer, obtained
from each trajectory that passed through the upper-left
quadrant of the reactor performance plane were con-
verted using Da to the corresponding values Pey and
Pey,. Their reciprocals gave lower and upper limits,
respectively, on the membrane permeability range
over which the MR would have an advantage. These
quantities are plotted in Figs. 7-10 to delineate the
MR-favorable regions.

0 0.5 1 1.5
3 1 l 1 3
N Yur > Yera B
AT*yp < ATpeq
2.5 — — 2.5
, _| B=20,Da=6 L,
o« 4 L
w
a —>
>
— 1.5 — — 1.5
o«
=
> - -
1 1
> L
0.5 — — 0.5
0 T | T 0
0 0.5 1 1.5

AT'wR / AT peR

Fig. 6. DaPe trajectories for the membrane reactor in the plane of relative yield vs. relative temperature rise for various values of Da.
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(a)
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High permeability

1/Pe
|
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n
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Low permeability
0 1 T T T T T T 1

0 2 4 6 8 10

YunlY e (b)
2.2 — 20

18

Same-yield A use

Da

Fig. 7. Comparison of membrane reactor to ¢,-optimized PFR for various values of heat-of-reaction parameter B: (a) regions of improved
yield in the 1/Pe—Da plane; (b) maximum yield ratio for MR relative to PFR; (c) consumption of A in MR relative to PFR.

The MR was compared to the ¢.-optimal PFR over
the range 0.1 < Da < 10 and for several values of
B, the other parameters being at their base-case val-
ues. For B < 12.9, no MR-favorable region existed;
at higher values of B, the results are shown in Fig. 7.
For each value of B, two curves are shown in Fig. 7a,
the upper full one corresponding to the upper limit on
membrane permeability and the lower dashed curve
corresponding to the lower limit on membrane perme-
ability. Below the lower limit, the conversion of the
MR was too low for it to compete with the PFR due to
the low supply of reactant A. Above the upper limit,
the supply of reactant A was too high, leading to a
loss in selectivity and giving yield below that of the
PFR once more. As the heat-of-reaction parameter B
increased, the MR-favorable region extended to lower
values of Da, and over a wider range of 1/Pe. In par-
ticular, the lower limit on permeability decreased with
higher B, since the higher temperatures in the reactor

allowed the conversion level to be maintained at lower
levels of A.

The shape of the MR-favorable region was in-
fluenced by the competition between conversion
and selectivity in a distributed-feed reactor for a
consecutive-parallel reaction scheme, as Da and per-
meability 1/Pe were varied. For a fixed Da, increasing
1/Pe caused conversion to increase, rapidly at first
and then more slowly. Selectivity decreased as 1/Pe
increased, slowly at first and then more rapidly. Both
effects were caused by higher levels of reactant A in
the reactor which increased reaction rates, especially
that of the nonselective reaction. The yield there-
fore passed through a maximum as 1/Pe increased.
For a fixed 1/Pe, increasing Da caused conversion
to increase, also rapidly at first then more slowly,
due to the increased reaction rate. Selectivity again
decreased as Da increased, slowly at first then more
rapidly. The reason for this was that at higher Da, the
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Fig. 8. Comparison of membrane reactor to ¢-optimized PFR for various values of heat-removal parameter St/Da: (a) regions of improved
yield in the 1/Pe—Da plane; (b) maximum yield ratio for MR relative to PFR; (c) consumption of A in MR relative to PFR.

selective reaction occurred further upstream, giving
more opportunity for the product R to react down-
stream with the freshly fed reactant A. The yield
passed through a maximum as Da increased.

The results of these effects were the following. At
lower Da, for a given 1/Pe, if Da was increased then
yield would increase above the level needed to match
the PFR at the new Da. It was then possible to increase
1/Pe before decreasing yield to the PFR level. So at
lower Da, the upper limit on 1/Pe increased. At higher
Da, for a given 1/Pe, if Da was increased, the yield
decreased due to loss of selectivity so that 1/Pe had
to be kept the same or decreased to restore selectivity
and maintain the yield at the PFR level. So at higher
Da, the upper limit on 1/Pe slightly decreased. This
explains why the upper permeability limit increased
almost linearly with Da, then peaked and decreased
slowly.

For a particular B, as Da increased the lower perme-
ability limit decreased relatively slowly. For the lower

limit, as Da increased the reaction rate increased, and
conversion could be maintained high enough to match
the PFR yield even at lower levels of reactant A.
Maximum yield was achieved in the MR at a DaPe
value between the limits, and is shown as a ratio to PFR
yield in Fig. 7b. The improvement in yield increased
with Da, and also with B. So the membrane reactor
could give significantly better yield than the plug-flow
reactor for higher reaction rates, higher reactor vol-
umes, and stronger heat effects. The improvement had
a price, however, as is shown in Fig. 7c, which shows
the ratio of reactant A usage in both reactors as defined
in Eq. (22). The dashed curves show the ratio when the
MR had the same yield as the PFR, and the full curves
show the usage for the maximum MR yield. Clearly,
the MR used much more reactant A to obtain the im-
proved yield, and this use increased with B, and went
through a maximum with Da. If the MR was restricted
to the same amount of A as the PFR, there would be
only extremely small regions where it could compete.
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The MR was also compared to the ¢-optimal PFR
over the range 0.1 < Da < 10 for B = 14, and
several values of heat-removal parameter St/Da. For
higher St/Da > 5, no MR-favorable region could be
found. For lower values of S#/Da, results are shown
in Fig. 8, where St/Da = 5 was the base-case value.
For St/Da = 4 or 3, the heat-removal rate was lower,
and the MR-favorable region shifted to lower 1/Pe
at moderate Da, extended slightly to lower Da and
allowed higher A permeability at larger Da values. The
lower limit also decreased. For St/Da = 2, the upper
limit corresponded to higher AT in the MR than in
the PFR and was parametrically sensitive. The shape
of the curve depended in a complex way upon PFR
behavior and on MR behavior close to runaway. For
St/Da = 1, there was a sharp change in slope of the
upper bound. For Da below this point, the limit on
1/Pe was reached when MR yield dropped below that
of the PFR. For Da above this point, the limit on 1/Pe
was reached when the ATyr exceeded ATpgr.

One drawback to feed distribution through a mem-
brane is that the first part of the MR is poorly used, as
there is no reactant A at the reactor entrance. The cat-
alyst may also be adversely affected [12]. To improve
MR performance, we can consider a split feed, where
some of reactant A is fed to the shell side as well as
distributing it from the tube side. Results are shown in
Fig. 9 for the base case. For each Da, the PFR used an
amount of reactant A corresponding to the previously
determined ¢y ' The MR was simulated using the in-
dicated percentages of the ¢, " " for the PFR. Thus, 0%
would correspond to the MR simulations presented in
Fig. 7, and 100% would correspond to co-feeding the
MR with the same amount of reactant A as the PFR.

The results in Fig. 9 show that as the percentage in-
creased, the MR-favorable region moved to lower Da
and lower 1/Pe. The widest range of permeability was
at intermediate percentages. As percentage increased
so did maximum yield up to 80%; for higher percent-
ages, the yield could decrease at lower Da. Also, as
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percentage increased, the total use of A decreased, so
that the MR made more efficient use of A when a
split-feed strategy was used. The trend changed for 80
and 90%, where more A was used than for 60%, so
there appears to be an optimal level of co-feed for a
membrane reactor.

An alternative method of increasing utilization of
the reactor entrance region is to increase the inlet tem-
perature. The rationale is that since heat release is more
evenly distributed along the MR, it should be possible
to sustain a higher inlet temperature without increas-
ing the maximum temperature rise. Fig. 10 shows the
results of this approach for the base case for different
values of T, = T,/ Ty for the membrane reactor. For
the PFR, T = 1 for all cases. As T; increased from
1.0 to 1.1, the MR-favorable region decreased in size,
but moved to lower Da and lower permeability. For
T: > 1.10, no region of advantage could be found. As
T; increased, the yield ratio increased and the use of
A decreased.

The MR was also compared to the Da-optimal PFR
over arange of B > B, and to the St/Da-optimal PFR
over a range of Da, both for base-case values of the
other parameters. In both cases, no range of membrane
permeability could be found for which the MR had an
advantage.

4. Conclusions

The yield to an intermediate product in a series—
parallel reaction scheme has been compared for a
plug-flow reactor and a distributed reactant feed
membrane reactor. The reactors were simulated us-
ing simplified two-dimensional pseudo-homogeneous
nonisothermal models as a first approach. The
behavior and trends reported here should be inter-
preted taking into account the simplified nature of
the models. More realistic modeling in future work is
needed to confirm the results.
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The behavior of a plug-flow reactor is conveniently
represented in terms of the boundaries between
three types of behaviors: pseudo-adiabatic operation,
hot-spot operation, and runaway. Optimal operation
of a PFR with respect to feed ratio, reactor length, or
heat-removal rate leads to conditions on or close to
runaway boundaries. These conditions provide a stiff
benchmark for the membrane reactor for the criteria
of improved yield and no worse temperature rise than
the PFR.

Regions of membrane reactor advantage lie mainly
at higher reactor lengths or reaction rates (higher
Da). The regions are wider for more thermally chal-
lenging conditions, higher heat-reaction parameter B
or lower heat-removal rate St/Da. The gain in yield
also increases with Da and B, and significantly better
yields can be obtained under some conditions. The
membrane reactor uses considerably higher amounts
of the distributed reactant A.

Under-utilization of the entrance region of the
reactor can be improved by co-feeding some reactant
A as well as distributing it. The membrane reactor
uses less reactant A in total under this split-feed
arrangement, and the membrane permeability require-
ment decreases. Similar results can be obtained by
increasing the membrane reactor inlet temperature,
but over more limited ranges of Da.
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